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This review article covers the topics of evaluation and experimental determination of oxy-

gen mass transfer coefficients (k,a) for their application in characterising bioreactors and fer-

mentations processes. The article provides a comparison of different experimental approaches
for determining k,a in bioreactors. Additionally, the influence of bioreactor design and fer-
mentation parameters on k,a is discussed. The aim of the article is to provide useful informa-

tion regarding the approaches for selecting bioreactors and their working regimes to achieve

optimal fermentation results.
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1. INTRODUCTION

In aerobic microorganism cultivation
processes, it is necessary to supply nutrients
and oxygen to the microorganism cells. The
oxygen supply to the cells is more prob-
lematic because usually oxygen solubil-
ity is significantly lower compared to glu-
cose and other components of the nutrient
media. Oxygen is supplied to the cells by
air bubbles, which are introduced into the
bioreactor through a sparger or through the
headspace. These bubbles are dispersed by
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mixing. The latter is necessary to supply the
oxygen to the cells with sufficient intensity.
Insufficient oxygen supply is often the rea-
son for not reaching the required biomass
concentrations. To ensure sufficient inten-
sity of oxygen supply, the bioreactor must
be properly designed and the appropriate
mixing and aeration modes must be pro-
vided. The k,a parameter is used to charac-
terise the oxygen mass transfer.



2. GENERAL PRINCIPLE OF k,a

Basically, the volumetric oxygen mass
transfer coefficient &, a is the parameter that
controls the rate of how oxygen makes a
transition from the gas phase to the liquid
phase. k,a shows numerically how effi-
ciently oxygen, which is introduced through
a sparger in the vessel, is dissipated and dis-
tributed in the medium by the mixer.

The notion of k a arises from the two-
film theory, which postulates that the mass
transfer between two phases takes place
through a boundary layer, between those

AIR BUBBLE

w

two phases (see Fig. 1).

The rate of diffusion of a component
between phases is dependent on the mass
transfer coefficient, for liquids this coef-
ficient often is written as k,. The overall
rate of mass transfer between two phases
apart from £, is also dependent on the con-
tact area between those two phases, often
termed a. When we combine the two, we
get our volumetric oxygen mass transfer
coefficient k,a.
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Fig. 1. Gas—liquid oxygen mass transfer according to the two-film theory.

Another important aspect of k,a can be
described using the following equation:

dC/dt = kya - (C*-C;) = OTR — OUR, (1)

where

C” - the saturated dissolved oxygen concen-
tration;

C; — the current concentration of dissolved
oxygen in the media.

This equation shows that the rate of
oxygen concentration change in the liquid
mediumisdependentonk,aandthedifference
between the current (C,) and maximal pos-
sible (or sometimes termed equilibrium C¥*)
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oxygen concentrations. Simultaneously, the
rate of the oxygen concentration change is
equal to the difference between the oxy-
gen transfer rate to the cultivation medium
(OTR) and the oxygen uptake rate (OUR).
If the OTR is higher than the OUR term,
the medium will inevitably get saturated by
oxygen until reaching the equilibrium con-
centration. On the other hand, if we observe
a completely different situation, where the
OUR term is larger than OTR, the oxygen
concentration will fall below a required
level, which would be unsuitable for sup-
porting microorganism growth. Both situa-
tions are unfavourable due to the fact that



most often a specific organism requires a
certain concentration of oxygen to be main-
tained; too high oxygen concentrations can
lead to a completely different fermentation
paths, while too low oxygen concentrations
can lead to biomass growth and/or target
product secretion inhibition.

As a result, one of the most widely used
means of controlling the dissolved oxygen
concentration is the regulation of the mix-
ing intensity during fermentations (dis-
solved oxygen concentration can also be
controlled by airflow, oxygen enrichment,
overpressure, substrate feeding).

3. EVALUATION POSSIBILITIES OF k. a

The evaluation of & a is important for
the selection of a bioreactor for a particu-
lar cultivation process. The latter is critical
for pilot and industrial scale applications
because at a laboratory scale bioreactors
usually easier achieve the necessary oxygen
transfer rates. Often, based on the cultiva-
tion results in a laboratory scale system,
pilot and/or industrial scale bioreactors are
selected. It is more convenient to start k,a
evaluations by using theoretical calculation
equations. However, the following factors
can limit the applicability of theoretical k,a
calculations:

Theoretical Evaluation of k a

One of the most referred methods of
correlating k,a with different bioreactor
working modes is the empirical correlation
proposed by Van’t Riet in 1979 [1]. He pro-
posed to correlate the volumetric oxygen
mass transfer coefficient in a stirred-tank
bioreactor with the specific power input and
superficial gas velocity.

kpa = C- (P/V)" v, (2)

where

ng aerated power input, W/m?;
V — working volume, m?;

v,— superficial gas velocity, m/s.

ve=0-5", 3)

1. The chemical composition of the
applied medium differs in principle;

2. The applicability of a particular & a
empirical equation depends on the lim-
its of the parameters at which it was
developed.

The applicability of experimental & a
determination methods is narrowed in the
following cases:

1. The existing k,a formulas are not appli-
cable to the selected bioreactors design;

2. The necessity to evaluate &, a in real fer-
mentation processes.

where

O — an air flow rate, m®/s;

S — a cross-section area in diameter plane,
S=n-D°- 0.25, where D — diameter of the
vessel.

C, a, p — empirical constants, which incor-
porate the geometry of the vessel (mixer
rotors, baffles, other parts), and according
to Van’t Riet the mentioned coefficients are
estimated as follows: C=0.026, 0=0.4 and

B=0.5[1].

This formula was developed based on
data for pure water, the volume of applied
reactors reaches 2600 litres and specific
power inputs can be in the range of 500—
10 000 W/m?.



Although the correlation proposed by
Van’t Riet was quite adequate in predict-
ing k,a over a broad range of specific power
input values, scientists soon began to real-
ize that another term should be added to this
equation. The remaining term was viscosity
U, so the modern modification of the origi-
nal Van’t Riets equation looks like this [2]:
kpa = C - (P/V)" vl 12, (4)
where
u— dynamic viscosity, Pa-s.

To determine Pg, first, it is necessary to
calculate the power input by the mixer P in
ungassed conditions (without introducing
gasses into the media):
P=Ky-N-p-nw-d&, (5)
where
K, - power number (Newton's number) of
the mixer;

p — density of liquid media, kg/m*;

d — diameter of mixer rotor, m;

N — coefficient that depends on the number
and mutual location of mixer rotors.

There are limited data and correla-
tions, which can be used for precise cal-
culation of V. In principle, if the distance
between mixers L is more than 2d, then

N can be assumed equal to the number of
rotors installed on the mixer because in
this case the interaction between rotors is
negligible [3].

L>2-d, (6)

where
L — distance between mixers, m.

If this distance is less, then N will
decrease depending on the interaction
between mixer rotors.

There are different equations, which
describe the relation of Pg /P. To select the
most appropriate one for a particular case,
it is necessary to study the parameters of
the applied system and the defined ranges,
for which a particular empirical correlation
is applicable. The following equation was
derived based on the experimental data from
0.4 -7 m diameter vessels equipped with
< 3 stage standard Rushton turbines [4]:
P,= PA(1+4v,N(g - d)), (7)
where
the constant 4 depends on the number of
mixers:

1 mixer: A= 750;
2 mixers: A =490;
3 mixers: A = 375.

4. THE EXAMPLE OF k,a CALCULATION

The task is to evaluate k@ in a bioreac-
tor with the following design and operation
parameters: working volume — 2000 litres;
bioreactor diameter (D) — 1 m; mixer rotor
diameter (d) — 350 mm; number of rotors —
2; distance between rotors — 720 mm; the
applied rotors are standard Rushton tur-
bines with a power number (K,)— 7. The
bioreactor maximal operation parameters:
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mixer rotation speed #n = 300 rpm; airflow
rate Q = 1200 L/min.

First, it is necessary to convert all values
into SI:

N=300/60 =5 rps;

0 =1200x10-/60 = 0.02 m?/s;
V'=2000L=2m?

D =350 mm=0.35 m.



Distance between both mixer rotors is 2d, and according to Eq. (6):

N=2.

The ungassed power input P can be calculated using Eq. (5):

P=7-2-10°-5"-035=7-2-10"-125-525-10°=9187.5 W.

The cross-sectional area S of the bioreactor is:

S=3.14-14=0.785 m%.
The superficial gas velocity is:

v,=Q/8=0.02/0.785 = 0.025 m/s.

Now according to Eq. (7), the maximum gassed power input can be calculated as follows:

P, = PN(1+A4v,/\(g - d)) = 9187.5(1+490-0.025/(9.8 - 0.35)) = 3328.8 W.

To determine k, a, the obtained values are used in Eq. (2):

kpa=C - (P/V)" vl =0.026 - (3328/2)%4 - 0.025%° =0.024 - 19.43 - 0.158 =0.074 5™

Experimental Determination Methods of k,a

The most popular experimental deter-
mination methods of k a are as follows:
* The sulphite oxidation method;
* The static gassing-out method;
*  The dynamic gassing-out method;
*  Oxygen balance method.

The sulphite oxidation was the first
applied method for k a determination [5].
It is based on the determination of oxygen
transfer rates in aerated vessels by the oxi-
dation of a sodium sulphite solution:

Na,S0, +0.50, = Na,S0,.

The rate of reaction is such that as oxy-
gen enters the solution it is immediately
consumed in the oxidation reaction of sul-
phite, so that the sulphite oxidation rate is
equivalent to OTR. The dissolved oxygen
concentration, for all practical purposes,
will be zero and k,a may then be calculated
using the following equation:
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OTR =ka - C". (8)

During the experiment, chemical mea-
surements of the sulphite solution are car-
ried out during solution agitation at dif-
ferent mixer rotation speeds and air flow
rates in fixed time intervals. This is usually
done by titrating the solution with thiosul-
phate. In this way, a graphical relationship
is obtained between the amount of thiosul-
fate and time. The graph has a trend with a
linear characteristic, where the slope of the
line is equal to OTR.

The method is rather simple, but it is
time consuming and relatively inaccurate.
This method is almost no longer used today.

One of the most widely used experi-
mental methods for k@ evaluation is the
static gassing-out method [6]. When using
this method, the medium inside the vessel
first is stripped from oxygen. This can be
done by introducing a second soluble gas
(nitrogen is most commonly used). After



the oxygen level in the medium stabilizes at
zero, or somewhat close to a zero value, the
supply of nitrogen is switched off. Next, air
is introduced into the medium at a constant
flow rate, and then the increase in dissolved
oxygen concentration is monitored, which
can be described by the following equation:

dC,ldt =k, a (C" - C}). 9)
Integration of Eq. (9) yields:

In(C" - Cy) =-kpa -t (10)

Thus, a plot of against time will yield a
straight line of slope , as shown in Fig. 2.

In{C*-Cy slope=-kia

Time

Fig. 2. Graph of In(C*-C)) vs. experiment
time (for determining k, a).

The static gassing-out method is quite
easy to perform although multiple aspects
have to be taken into account in order to
obtain precise k,a data: the response delay
of the probe, which is used for oxygen mea-
surements, and temperature/pressure con-
trol during the experiment.

Considering the case of the dynamic
gassing-out method, it is quite similar to
the static method, although it has a cou-
ple of advantages [7]. Using the dynamic
method, it is possible to determine the volu-
metric oxygen mass transfer coefficient dur-
ing fermentation processes. This is done by
ceasing the aeration (point A in Fig. 3) until
the oxygen concentration reaches a critical
point (point B in Fig.3). After that, the aera-
tion is restored (point B in Fig.3) and DO
level vs. time data is gathered.
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Fig. 3. Dynamic gassing-out experiment
time dependent process data.

The transition of oxygen from the gas to
the liquid phase is described by the follow-
ing equation [2]:
In((C"-OUC"-C,) =-ka 1, (11)
where
C —dissolved oxygen concentration before
restarting the aeration (see point B in Fig.
3);

C — dissolved oxygen concentration at time
t (within the line segment BC).

Performing DO measurements and
using the obtained data in Eq. (7), the fol-
lowing graph (see Fig. 4) is created:
S0 = In((C"- ONC-C,)), (12)

where the slope of this graph is - k,a.

slope= —k; a

c*—C
tnc € )/(C'—Co))

Time

Fig. 4. Graphical function to determine k,a
according to Eq. (11).

The oxygen balance method is consid-
ered more precise than the two previously
mentioned approaches for k a determina-



tion because the response delay of the DO
measurement probe can be neglected [8].
The principle behind the oxygen balance
method is the application of gas analysers
to determine the oxygen concentration in
the gas phase, thus obtaining information
on the amount of oxygen that is being sup-
plied to the fermentation medium, up-taken
by the microorganisms and ejected into the
exhaust line. At a steady state, when the
concentration of oxygen in the medium is
maintained constant, the oxygen transfer
rate (OTR) is equal to the oxygen uptake
rate (OUR). By constructing an oxygen
mass balance for this particular state, we
can determine the &, a coefficient:

OTR = OUR. (13)
OTR =0, v~ Cozour (14)
where

0, yand Q. .. are inlet and outlet

oxygen volumetric flow rates.

OUR=0Q,,,V, (15)

where
0., — a volumetric oxygen uptake rate,
V —volume of fermentation or model media.

At a steady state, the rate at which oxy-
gen transfers from the gas phase to the lig-
uid phase is equal to the rate of consump-
tion of the oxygen by microorganisms:

kia-(C™- C;)= OUR/V. (16)
Combining Egs. (9)—(12), the equation
for determining k,a is obtained:

kra=(0p,p.m Conour)(V-(C-Cr)). (17)

Although the method gives quite precise
estimates of the volumetric oxygen mass
transfer coefficient, it is significantly more
expensive to perform, taking into account
that gas analysers are required.

5. THE INFLUENCE OF THE BIOREACTOR DESIGN ON k,a

Equation (2) shows the influence of
specific power input and aeration (super-
ficial gas velocity) on k,a. The mentioned

Mixer Rotor Design

The mixer rotors have to ensure both
bulk mixing and dispersion of gas bubbles
in the medium. For example, if two axial
mixers (for example, pitched-blade impel-
lers) are installed in the bioreactor, then
bulk mixing in the whole volume will be
ensured, but dispersion of gas bubbles most
likely will not be optimal. If gas flow rates
are high, but dispersing is not effective,

Sparger Design

The sparger design determines the bub-
ble size and their distribution in bioreactor
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equation does not encompass the effect of
mixer rotor design on the mass transfer rate.

then, for example, such an unfavourable
effect as impeller flooding can appear which
drastically decreases the OTR. To intensify
gas bubble dispersion, one possible solution
could be the installation of a primary rotor
(in the bottom part of the vessel) with good
gas dispersing properties (e.g., SCABA,
Rushton etc.).

volume. Theoretically, if the bubble size
is smaller, then k,a must be higher due to



an increase in a (contact area between the
gas and liquid phases). However, smaller
bubbles also pose a negative effect on oxy-
gen mass transfer. It should be taken into
account that small enough bubbles begin to
express rigid body properties. The bubbles
behave like a rigid sphere with less internal
recirculation, so that oxygen gas molecules
within the bubble do not reach the surface.

If the bubble diameter is small, the bubble
rise velocity will also be small. As a result,
smaller bubbles contain a smaller quan-
tity of oxygen, which would be transferred
quickly. According to the literature data,
the optimal size of the bubble is about 2—3
mm [9], and this must be taken into consid-
eration when selecting the appropriate gas
sparger.

6. THE CORRELATION OF K A AND CELL
GROWTH RATE DURING CULTIVATION

By determining k,a theoretically or
experimentally in model media, an obvi-
ously assumption is that higher ka will
ensure higher biomass growth rates. How-
ever, in real applications different phenom-
ena can manifest, which can negatively
affect the process performance depending
on applied mixing and aeration regimes. In

such cases, theoretically ‘better’ bioreactor
designs will not always guarantee higher
biomass growth rates at higher predeter-
mined &, a values.

The following phenomena can poten-
tially drive the deviations of the predicted
vs. real biomass growth rate in respect to
k,a:

6.1. Rheological Properties of the Fermentation Media

If the viscosity of the cultivation media
and the related parameters (for example,
pseudo plasticity) increases during the pro-
cess, the distribution of the introduced mix-
ing energy in the reactor volume changes.
For example, in the case of relatively small
viscosities, most effective mixing will be
achieved using standard Rushton turbines.
However, at higher viscosities, other mixer

rotor designs will be more suitable. The lat-
ter can be explained by the fact that Rush-
ton turbines generate pronounced locally
intense flux zones and the agitation energy
value falls lower faster near the reactor
walls at higher viscosities. As a result, the
decrease of OTR using standard Rushton
turbines can be more pronounced in this
case.

6.2. The Morphological Changes of Microorganisms by Mixing

Some types of microorganism cells are
sensitive to intense mixing. This regards,
for example, to mammalian and plant
cells, mycelial microorganisms and algae
cultures. Too intense mixing can induce
changes to the cell morphology, resulting
in a decrease in a growth rate. However,
a decrease in the mentioned growth rate is
attributed to a decrease in OUR. In such
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cases, mixers and their operating modes
must be selected, which do not yet induce
critical shear stresses to the cells. For shear
sensitive cultures, standard Rushton tur-
bines are usually not the best choice. In
such cases, the use of shear sensitive mix-
ers, such as pitched-blade impellers, propel-
lers or similar are recommended.



6.3. Foaming

The high degree of aeration and agita-
tion required in fermentations frequently
gives rise to the undesirable phenomenon
of foam formation. The presence of foam
may also have an adverse effect on OTR.
On the other hand, all antifoams are surfac-
tants and are expected to have some effect

7. OXYGEN UPTAKE RATE

on OTR. Antifoams tend to decrease OTR;
it also causes a collapse of bubbles in foam
but they may favour the coalescence of
bubbles with the liquid phase, resulting in
larger bubbles with a reduced surface area
to volume ratio and hence a reduced OTR.

During biomass growth, the microor-
ganism oxygen demand increases. This
demand is characterised by the volumet-
ric oxygen uptake rate OUR, which is
described by the term:

OUR=0,, X, (18)

where

0,,—aspecific oxygen uptake rate (mmoles
O,/g biomass, h);

X — biomass concentration, g/L..

Q,, depends on the microorganism
strain and applied substrate. Table 1 sum-
marises the specific oxygen uptake rates
Q,, for different microorganisms and sub-
strates [10].

Table 1. Examples of the Specific Oxygen Uptake Rate for Different Microorganism Strains

Type of microbial culture Carbon source 0, (mmol/g-h)
Aspergillus niger Glucose 1.6
Beneckea natriegens n-Propanol 12
Penicillium chrysogenum Lactose 1.2
Saccharomyces cerevisiae Ethanol 10
Streptomyces aureofaciens Corn starch 7.0
Streptomyces coelicolor Glucose 7.4
Streptomyces griseus Meat extract 4.1
Xanthomonas campestris Glucose 4.5

The task of the bioreactor is to ensure
the supply of oxygen to the cells until no
other growth limiting factors come into
play. This characterises the volumetric oxy-
gen transfer rate:

OTR =kya - (C'- Cy), (19)

where the designations are according to
Eq. (1).
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This means that until OTR > OUR, the
growth of microorganisms will continue. If
the OTR value is higher, then higher bio-
mass yields will be possible to achieve. By
analysing Eq. (19), it can be seen that OTR
will be proportional to k,a and (C* - C)).
By applying Eq. (19), it is necessary to take
into account the cell specific oxygen con-
sumption Q,, dependence on C,. When C,
is less than C__, O, decreases (see Fig. 5).



Oxygen limiting
b et region
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Fig. 5. Relation between the specific oxygen
consumption Q,, and dissolved oxygen
concentration C, .

C ., can differ depending on microor-
ganism strain and process conditions. Often
C,, is about 10-20 % of the equilibrium
oxygen concentration C*. C* typically var-
ies in the range of 6-9 mg/l.

Knowing k,a, C* and C__, the maxi-
mum achieved biomass concentration (or
in this case called critical biomass concen-
tration X ) can be determined. If we know

biomass concentration X  that must be
achieved in a certain cultivation process,
then the necessary &, a of the bioreactor can
be evaluated by maximal operating values
of mixer rotation speed n and gas flow rate
Q (if another limiting factor does not comes
into play).

Taking into account the above-men-
tioned information, it can be concluded that
the maximal biomass concentration will be
achieved, if OTR =OUR and C,=C_ .
kra- (C*' Cerit) = Q02' Xerit (20)
and from Eq. (20) follows that:

Xerit = kLa ’ (C*' Cerit) / QO2‘ (21)

The biomass concentration calculated
by Eq. (21) is a theoretical maximum and it
will be achieved only if all other cultivation
conditions are maintained optimal.

The Calculation Example Using Equations of OUR

A strain of Streptomyces coelicolor is
cultivated in a 2000 liter bioreactor accord-
ing to the example mentioned above using
glucose as the substrate. Equilibrium oxy-

gen concentrations C*is 8 mg/L. C__ is 20 %
of C*.

What maximal biomass concentration
can be achieved in this case?

Let us assume that X =X . First, all parameters are to be defined in SI units:

k,a=0.074 s

C*=8mg/L; (mg/L=10[kg/10°mg] /1 [m3/10° L] =10%/10°= 10" kg/m?);=8 - 107 kg/m?,

C =02-8=1.6-10°kg/m’.

crit

0,,, according to the table seen above for S. coelicolor is 7.4 mmol/g-h.

1 mol O,=32¢g0,; Immol O,=32-10° g0, ; Immol O, =32 -10°0, kg;

1 g=10% kg; 1h=3.6 - 10°s;

O =74mmol/gh=(7.4-32-10°)/(103 -3.6 - 10°)=65.8x 10° kg/kg's;
02 g g/Kg

X =(0.074" (8-1.6) - 10°)/(65.8 - 10) = 7.2 kg/m* =7.2 g/L.



This means that the maximal biomass
concentration of 7.2 g/L can be achieved

8. CONCLUSIONS

during Streptomyces coelicolor cultivations
in the defined bioreactor.

From the information presented above,
the following conclusion can be drawn
regarding k,a as a bioreactor efficiency
parameter:

1. The theoretical calculation equations
of k,a with satisfactory accuracy are
applicable to popular mixer rotor types
(Rushton turbine, pitched-blades, etc.)
and for bioreactor volumes of up to
3000 liters.

2. Experimental methods are labour-inten-
sive, but if the mixing system consists
of different or not widely applied mixer
rotors, then it is recommended to deter-
mine ka experimentally for scale-up
purposes.

3. Using experimental methods, it is pos-
sible to determine k,a during running
cultivation processes (dynamic gassing-
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4. The determined k,a usually correlates
sufficiently with the growth of biomass
during the cultivation process, as long
as it is not significantly affected by cul-
tivation-related phenomena (rheology,
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5. Oxygen uptake rate differs for different
cultivation processes depending on the
microorganism type and applied carbon
source. This means that when selecting
the scale-up bioreactor and its param-
eters for a particular process, it is desir-
able to know Q, , of the applied micro-
organism strain. The latter will dictate
what k,a bioreactor should be chosen
to provide sufficient OTR for obtaining
targeted biomass/product yields.
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